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Abstract

A mathematical model taking into account mass dispersion is presented for the simulation of the performance of an adiabatic full-scale
membrane reactor. Results are presented from the application of this model to a membrane reactor, that is introduced in an integrated
gasification combined cycle plant, to control carbon dioxide emissions. The performance of this reactor equipped with highly selective
membranes is studied in detail. The extent of the impact of the non-ideal flow effects on the membrane reactor operation is discussed.
It is shown that dispersion effects have a negative influence on the performance of industrial-scale membrane reactors and they must be
considered as a basic parameter to their design. © 2001 Elsevier Science B.V. All rights reserved.
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1. Introduction

The membrane reactor concept appeared for the first time
in the early 1950s but a lot of applications have emerged
in the last two decades due to the significant developments
in membrane materials and modules. These devices have
been proposed for various applications and they are espe-
cially used for reactions the yields of which are limited by
thermodynamic equilibrium. Nowadays, membrane reactor
technology proposes an alternative solution to conventional
reactors [1–5]. Large industrial membrane reactors will be
composed in many cases of banks of tubular ceramic mem-
branes. The use of ceramic membranes in these reactors is
recommended primarily due to their thermal and mechan-
ical stability [1]. The various assumptions made in mod-
elling their behaviour (e.g. plug flow conditions, isothermal
conditions) should be checked and when not valid more
complicated models have to be developed for the realistic
simulation of such systems [5]. In many cases, the opti-
mum performance of a membrane reactor requires a highly
selective ceramic membrane for the selective removal of a
product, mainly hydrogen.

In a recent work, the performance of a laboratory-scale
isothermal membrane reactor has been simulated [6,7] and
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a significant influence of the non-ideal flow effects on the
reactor operation has been confirmed. The reaction of de-
hydrogenation of cyclohexane was considered as a model
reaction in those works. The effect of the non-isothermal
conditions prevailing in experimental membrane reactors on
their performance is discussed in another work [8]. A first
attempt on developing simulation tools for the design of
industrial-scale membrane reactors has been recently pub-
lished [9,10], where plug flow conditions were assumed on
both sides of the membrane reactor.

In the present work, a mathematical model is presented
for the simulation of the operation of a full-scale adiabatic
membrane reactor taking into account mass dispersion on
both sides of the membrane. The water gas shift (WGS) re-
action is considered to take place on the feed side of the
membrane reactor which is filled with catalyst particles. This
reactor is a major part of an integrated gasification com-
bined cycle (IGCC) plant for the decrease and control of
carbon dioxide emissions [9]. Two versions of the model
are used. The first one, called the dispersion model (DM),
accounts for the dispersion effects inside the reactor while
the second one, called the simplified model (SM), assumes
plug flow conditions inside the reactor. The results obtained
from those two versions of the model are compared for the
purpose of investigating the possible influence of disper-
sion effects on the industrial-scale membrane reactor per-
formance.
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Nomenclature

Aki constants for the calculation of species
specific heats

ci mass fraction (kgi kg−1)
Cp mixture specific heat (J kg−1 K−1)
cpi component specific heat (J mol−1 K−1)
Da axial dispersion coefficient (m2 s−1)
de equivalent diameter (m)
dp particle diameter (m)
Dr radial dispersion coefficient (m2 s−1)
dt tube diameter (m)
hf , hs heat transfer coefficients between the

membrane surface and the fluid in contact,
on the feed and separation side, respectively
(W m−2 K−1)

kr constant of reaction rate
((dm3)α kg−1 s−1 mol−α)

k membrane thermal conductivity (W m−1 K−1)
L length of catalytic bed (m)
MW mixture mean molecular weight (kg mol−1)
Pea axial Peclet number
Per radial Peclet number
Pf total pressure on the feed side (Pa)
Ps total pressure on the separation side (Pa)
Qf inlet specific feed rate (kg m−2 s−1)
Qf,m inlet feed rate (mol s−1)
Qi separation rate of component i (kg m−2 s−1)
Qs inlet specific sweep gas rate (kg m−2 s−1)
Qs,m inlet sweep gas rate (mol s−1)
r radial coordinate in Eqs. (1a)–(1e) (m)
r sweep ratio, Qs,m/Qf,m
R reactor radius 0 < R < Rout (m)
Rin inner radius of the membrane tubes (m)
Rmem outer radius of the membrane tubes (m)
Rout outer radius of the membrane reactor (m)
Sci sink or source in Eq. (1d)
Sh sink or source in Eq. (1e)
Sur sink or source in Eq. (1b)
Suz sink or source in Eq. (1c)
T1 reference temperature equal to 298 K = 77◦F
T2 inlet temperature (◦F)
ur radial velocity in Eq. (1b) (m s−1)
us superficial velocity (m s−1)
uz axial velocity in Eq. (1c) (m s−1)
xi molar fraction of the component i on the

feed side
yi molar fraction of the component i on the

separation side
z axial coordinate (m)
[] concentration of component i (mol m−3)

Greek symbol
αi permeability coefficient of component

i (kg m−2 s−1 Pa−1)

β reversibility factor [CO][H2O]/[CO2][H2]
�H 0

f heat of formation, calculated equal to
−41 192 J mol−1

�p pressure drop (Pa)
ε bed porosity (−)
λ mixture thermal conductivity (W m−1 K−1)
µ laminar viscosity (Pa s)
µb viscosity at bulk temperature (Pa s)
µw viscosity at wall temperature (Pa s)
νi stoichiometric coefficients in water gas

shift reaction
ΦL dimensionless reactor length = z/L

ΦR dimensionless reactor radius = R/Rout

2. Process design aspects

Tubular systems are considered as state of the art in
membrane technology as they have the best performance
combined with aspects of desired attainable surface area
and module construction [1,9]. A multi-tubular full-scale
WGS membrane reactor has been reported recently [9],
introduced in an IGCC plant, to increase energy efficiency
and control CO2 emissions. Conventional CO2 removal
process schemes for oxygen blown entrained bed gasifiers
comprise low temperature gas cleaning, a separate WGS
conversion step, to convert CO with steam in the fuel gas
mixture into CO2 and H2, followed by CO2 removal. The
extent of the WGS conversion determines the final CO con-
centration in the fuel gas and thus the maximum level of
CO2 control. The implementation of a catalytic membrane
reactor, in which the WGS reaction is combined with H2
separation from the reaction mixture in one reactor, using
ceramic membranes selectively permeable to hydrogen, is
a possible way to increase the WGS conversion [9]. Inor-
ganic highly selective membranes are necessary because
of the high temperature level at which the reaction oc-
curs (300–500◦C). Data on the permeation and selectivity
of the membrane have been obtained in laboratory-scale
experiments [9].

3. Simulation of the industrial WGS membrane reactor

3.1. The physical problem

The simulation of the performance of the proposed com-
plicated full WGS-MR is achieved by considering the re-
actor as an annulus where the diameter of the outer tube
(shell) is equivalent to the distance between two neighbour-
ing membrane tubes of the full-scale WGS-MR [10]. The
feed gas enters the space between the two tubes where the
catalyst is placed (feed side) and the exothermic WGS re-
action takes place, while a sweep gas enters the membrane
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Fig. 1. Schematic description of the system studied.

tube sweeping the permeated gases to the outlet (separation
side), either in co-current or in counter-current flow with the
feed gas (Fig. 1).

3.2. Mathematical formulation and numerical solution

Heat dispersion effects on both feed and separation
sides have been checked to have very little influence on the
results [8]. Details on the development of the mathematical
model are described elsewhere [10]. Adiabatic operation
is considered for both the two versions of the numerical
code used. In the simplified model, plug flow conditions
were applied, while in the dispersion model non-ideal flow
effects were taken into account, with dispersion coeffi-
cient values found in the literature [11,12], as listed in
Table 1.

The mathematical analysis is based on a set of elliptic,
partial differential equations expressing the conservation of
mass, momentum, chemical species and enthalpy in steady,
two-dimensional flow [10]. It is assumed that there is no
angular variation of the dependent variables and there ob-
viously exists flow symmetry. The dependent variables are
the total pressure, P (N m−2), the radial and axial velocity
components, ur , uz (m s−1), the mass fractions of chemical
species, ci (kgi kg−1), and the mixture specific enthalpy, h

Table 1
Dispersion coefficient values used in the modelling

Axial dispersion coefficient Radial dispersion coefficient

Feed side Pea = uzdp

Da
= 2 ⇔ Da = uz

dp

2
Per = uzdp

Dr
= 10 ⇔ Dr = uz

dp

10

Separation side Pea = uzdp

Da
= 10 ⇔ Da = uz

dp

10
Per = uzdp

Dr
= 103 ⇔ Dr = uz

dp

103

(J kg−1), while their differential equations are expressed as
follows:

Continuity :
1

r

∂

∂r
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Enthalpy h :
1
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)
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(1e)

where ρ is the mixture density (kg m−3), µ the laminar vis-
cosity (Pa s), Da and Dr are the axial and radial dispersion
coefficient values describing diffusive fluxes (m2 s−1), λ the
mixture thermal conductivity (W m−1 K−1), and Cp the mix-
ture specific heat (J kg−1 K−1). The terms Sur , Suz , Sci , and
Sh express various sources (e.g. pressure gradient for the
momentum equations, reaction source and separation source
for the mass fraction equations, enthalpy source for the en-
ergy equation) for the respective variable inside the domain
of interest.

The set of the partial differential equations for the vari-
ous dependent variables, in conjunction with the appropri-
ate boundary and internal conditions describing the physical
problem considered, has been solved using the SIMPLEST
algorithm embodied in the general PHOENICS® package
[13–15].

3.3. Geometry — grid development

A polar–cylindrical coordinate system is used and the di-
mensions of the membrane tubes together with the distance
between them inside the module studied are presented in
Table 2. The choice of the grid size was dictated by per-
forming grid independence studies and a grid consisting of
11 × 50 (Ny × Nz) cells was proved adequate for the sim-
plified model runs. In the dispersion runs, a grid of 31 × 50
cells was found to be adequate to describe the physical prob-
lem studied. In the latter case, the grid was non-uniform
in the radial direction and was finer close to the mem-
brane because of the presence of partial pressure gradients
there.

3.4. Boundary — internal conditions

3.4.1. Inlet–outlet
Inlet flow rates and values for all dependent variables

are specified on both sides of the system. The applied in-
let specific feed rates ranged from 1.0 to 2.5 kg m−2 s−1.
The inlet sweep gas rates were based on the sweep ratio
(which is the ratio of the molar inlet sweep gas rate to the
molar inlet feed rate), and five sweep ratios were applied
(r = 0.52, 0.72, 0.92, 1.12, 1.32). In Table 3, the conditions

Table 2
Geometrical characteristics used in the simulations

Distance between the membrane tubes (m) 6E−2
Outer diameter of the membrane tube (m) 1.4E−2
Inner diameter of the membrane tube (m) 8E−3
Reactor length (m) 2

Table 3
Conditions used in the simulations

Flow mode Co-current

Feed side pressure (bar) 36
Separation side pressure (bar) 21
Inlet temperature on the feed side (K) 598
Inlet temperature on the separation side (K) 598

Table 4
Inlet composition used in the simulations

H2 CO H2O CO2 N2

Feed side (mol mol−1) 0.3873 0.1288 0.2273 0.2431 0.0135
Separation side (mol mol−1) – – 0.113 – 0.887

used in the simulations are presented, while Table 4 shows
the respective compositions. A pressure drop of 15 bar
across the membrane is necessary to obtain the required
driving force for hydrogen transport through the membrane.
The temperature at the inlets of the reactor was set to
598 K based on considerations of best IGCC performance
[9].

At the outlet, the external pressure is assumed radially
uniform and the computed pressures are relative to the out-
let pressure. The values of all variables are properly cal-
culated at both outlets because of the upwind interpolation
[13,15].

3.4.2. Wall friction
The no-slip condition was used for velocities and the

fluid-to-wall friction losses were properly computed by
the log-law functions at all walls [15]. The axial velocity
was equal to zero at the walls of the cylinders [15,16]. To
avoid use of very fine grids close to walls, special frictional
sources were applied in the momentum equations equal to
−uzAµ/y, where µ is the mixture viscosity, A the sur-
face, uz the axial velocity parallel to the surface and y the
distance from the cell centre to the wall.

3.4.3. Symmetry plane boundary conditions
Zero-flux conditions were applied at the symmetry plane

for all variables.

3.4.4. Gas permeation equation
The evaluations were based on the characteristics of

highly selective microporous silica membranes, although
their stability under WIHYS conditions is under investiga-
tion [9,17,18]. These membranes show a good combination
of permeability and selectivity. The selectivity of H2/CO2
is about 15 and the permeability of hydrogen is equal to
2 × 10−6 mol m−2 Pa−1 s−1. The gas permeation equation
used to describe the permeation rate of the chemical species
through these membranes is

Qi = αi(xiPf − yiPs) (2)



M.K. Koukou et al. / Chemical Engineering Journal 83 (2001) 95–105 99

where Qi is the separation rate of component i (kg m−2 s−1),
αi the permeability coefficient of component i (kg m−2 s−1

Pa−1), xi the molar fraction of the component i on the feed
side, yi the molar fraction of the component i on the separa-
tion side, Pf the total pressure on the feed side (Pa), and Ps
the total pressure on the separation side (Pa). Mass transfer
resistance has been checked to be negligible at the condi-
tions studied.

3.4.5. Reaction kinetics
Based on the results of a literature survey, a Fe–Cr cata-

lyst appears to fit best the application of WGS, and the fol-
lowing power-law type rate expression was preferred [19]
extrapolated to the feed side pressure:

r = kr[CO]0.73[H2O]0.55[CO2]0[H2]0(1 − β) (3)

where kr is the constant of reaction rate and β the reversibil-
ity factor equal to [CO][H2O]/[CO2][H2].

3.4.6. Momentum loss in catalytic bed
The well-known Ergun equation was used to describe

the momentum loss in the packed bed in terms of pressure
gradient [16]:

�p

L
= 150

(1 − ε)2µus

ε3d2
p

+ 1.75
(1 − ε)u2

sρ

ε3dp
(4)

where �p is the pressure drop (Pa), L the length of catalytic
bed (m), ε the bed porosity (−), µ the laminar viscosity, and
us the superficial velocity.

3.5. Computational details

The simulation runs were performed on a Silicon Graph-
ics R4000 XS24 Indigo Workstation and convergence was
achieved by applying under-relaxation techniques. About

Table 5
Estimation of thermal properties

(1) Specific heat of the mixture, Cp (J kg−1 K−1) [20]: Cp = (4.19MW)
[∑

xiA1i + ∑
xiA2iT + ∑

xiA3iT
2
]
, where MW is the mixture mean molecular

weight, and Aki the constants for the calculation of species specific heats

(2) Heat of reaction, �H (J mol−1) [21]: �H = �H 0
f + ∫

νicpi dT , where �H 0
f is the arithmetic sum of heats of formation of reaction components,

calculated equal to −41 192 J mol−1, and νi the stoichiometric coefficients in water gas shift reaction

(3) Mixture thermal conductivity, λ (W m−1 K−1) and membrane thermal conductivity k (W m−1 K−1): values of λ are calculated by λ = 'xiλi , where λi
is the thermal conductivities (W m−1 K−1) of various gases, calculated at P = 36 and 21 bar using two methods: (i) Stiel and Thodos and (ii) Chung [21].
In the modelling of the non-isothermal adiabatic membrane reactor, a relationship λ = f (T ) is used to account for the variation of thermal conductivity
with temperature at high pressures. Membrane thermal conductivity k is calculated from the literature and a relationship k = f (T ) is used [22]

(4) Heat transfer coefficients between the membrane wall and the fluid (W m−2 K−1):
Feed side: The following relationship was used [21]: hdp/λ = 3.6(dpG/µε)

0.365, where h is the heat transfer coefficient (W m−2 K−1), dp the particle
diameter equal to 3.55E−3 (m), λ the mixture thermal conductivity (W m−1 K−1), G the superficial velocity (m s−1) and ε the bed porosity equal to
0.38 (−)

Separation side: In the region 2000 < Re < 10 000, which usually is the case in the modelling, Hausen’s equation was used [21]: hdt/λ =
0.116(N2/3

Re − 125)N1/3
Pr [1 + (dt/L)

2/3](µb/µw)
0.14, where dt is the tube diameter (m), λ the mixture thermal conductivity (W m−1 K−1), NRe the

Reynolds number = uzDt/µ (−), NPr the Prandtl number = cpµ/λ (−), L the reactor length (m), µb the viscosity at bulk temperature (Pa s), and µw

the viscosity at wall temperature (Pa s)
Inlet enthalpy values (J kg−1): Hin = ∫ T1

T2

∑
xicpi dT , where T1 is the reference temperature equal to 298 K = 77◦F, T2 the inlet temperature (◦F), and

cpi the component specific heat

2000 sweeps of the computational domain were needed
for the simplified model to assure full convergence, when
using a grid of 11 × 50 cells. In the case of the dispersion
model, because of the finer grid used, about 4000 sweeps of
the computational domain were needed to achieve full con-
vergence. Each sweep requires for the latter case 2.0 s CPU
time.

3.6. Estimation of thermal properties

The thermal properties required for the formulation of the
basic conservation equations for the heat transport through
the membrane walls are presented in Table 5.

4. Results and discussion

The main objective of this research work was to investi-
gate whether the non-ideal flow effects influence the perfor-
mance of an industrial adiabatic membrane reactor in which
highly selective ceramic membranes were embodied.

The results from the application of the developed math-
ematical model in a WGS membrane reactor are presented
in terms of reactor conversion and hydrogen recovery, as
defined in Table 6. In parts a and b of Figs. 2 and 3, mem-
brane reactor conversion and hydrogen recovery values are
presented for a wide range of sweep ratios r and inlet feed
rates. The predictions are obtained by using two versions
of the developed mathematical model: the simplified model
which assumes plug flow conditions on both sides of the
system considered and the dispersion model which takes
into account the non-ideal flow effects on both sides of the
WGS-MR. It is easily noticed, by studying the above figures,
that the influence of the dispersion effects on the reactor
performance is negative, as the CO conversion and hydro-
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Table 6
Membrane reactor parameters

Membrane reactor parameter Definition Description

CO conversion CO converted/CO entering Fraction of CO entered that has reacted
H2 recovery H2 in permeate/H2 + CO entering Fraction of H2, of the maximum theoretical amount that can be

formed, recovered in the permeate stream

gen recovery predicted by the dispersion model are always
much lower than the respective values predicted by the sim-
plified model. When the inlet specific feed rate increases,
a decrease in the membrane reactor conversion and hydro-
gen recovery values is predicted by both models. When the
sweep ratio r and thus the sweep gas rate increases, both the
membrane reactor conversion and the hydrogen recovery in-
crease. This behaviour is due to the impact of the sweep gas
flow on the hydrogen fluxes through the membrane. As the
sweep flow increases, the hydrogen concentration and par-
tial pressure decrease on the separation side, resulting in an
increased hydrogen partial pressure difference which acts as
the driving force for the separation through the membrane.

In parts a and b of Figs. 4 and 5, axial profiles of hydrogen
partial pressure are shown on both sides of the membrane

Fig. 2. Membrane reactor CO conversion vs. inlet specific feed rate for
various sweep ratios r for (a) simplified model and (b) dispersion model.

reactor for various sweep ratios r, as predicted by the sim-
plified and the dispersion models. For the simplified model,
the values correspond to uniform partial pressure along the
reactor radius, while for the dispersion model they corre-
spond to the closest to the membrane tube wall grid point
(ΦR = 0.245 and 0.132 for the feed and separation side,
respectively). The simplified model predicts a maximum of
hydrogen partial pressure close to the reactor inlet, and then
a decrease up to the reactor outlet (Fig. 4a). This initial in-
crease of the hydrogen partial pressure is explained by con-
sidering the difference between the high initial reaction rates,
that produce large quantities of hydrogen, and the amount
of hydrogen separated through the highly selective mem-
brane from the feed to the separation side. This difference
is positive close to inlet and increases up to the maximum

Fig. 3. Hydrogen recovery vs. inlet specific feed rate for various sweep
ratios r for (a) simplified model and (b) dispersion model.
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Fig. 4. Axial profiles of hydrogen partial pressure on the feed side for various sweep ratios r for (a) simplified model inlet specific feed
rate = 1.0 kg m−2 s−1) and (b) dispersion model (ΦR = 0.246, inlet specific feed rate = 1.0 kg m−2 s−1).

but thereafter it decreases continuously as the reaction rates
diminish because of the depletion of reactants CO and H2O,
while hydrogen is transported through the membrane on the
separation side. When the inlet sweep gas rate increases, the
amount of hydrogen removed from the feed side increases,
because of the increased partial hydrogen pressure differ-
ence between the feed and separation side streams, and the
hydrogen partial pressure on the feed side decreases. The
dispersion model predicts a steep initial decrease of hydro-
gen partial pressure close to the membrane wall (Fig. 4b),
which is attributed to the difference between the quantity of
hydrogen removed from the wall through the membrane and

the hydrogen supplied from the bulk of the gas, via the dis-
persion fluxes. Following the initial steep decrease, hydro-
gen partial pressure decreases very slowly after L = 0.15 m
for r = 0.92–1.32, while for r = 0.52–0.72 it follows a
slight increase as the result of the diminished amount of
hydrogen transported through the membrane, compared to
the amount supplied from the bulk of the gas on the feed
side. On the separation side, the hydrogen partial pressure
increases along the reactor length, because of hydrogen sep-
aration through the membrane (Figs. 5a and b). Increase in
the sweep ratio r and in the inlet sweep gas rate result in
dilution of the hydrogen transported through the membrane
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Fig. 5. Axial profiles of hydrogen partial pressure on the separation
side for various sweep ratios r for (a) simplified model (inlet specific
feed rate = 1.0 kg m−2 s−1) and (b) dispersion model (ΦR = 0.132, inlet
specific feed rate = 1.0 kg m−2 s−1).

on this side causing a decrease in hydrogen partial pressure.
When dispersion effects are taken into account, smaller val-
ues of hydrogen partial pressure are calculated because of
the respective decrease of hydrogen fluxes through the mem-
brane (Fig. 5b).

In Figs. 6a and b, predictions of both models for the
axial change of the driving force for hydrogen separation
are presented for two sweep ratios r. The simplified model
predicts a high value of the driving force close to the reactor
inlet while later it decreases along the reactor axis (Fig. 6a).
Increase in the sweep ratio r results in a corresponding,
although small, increase of the hydrogen partial pressure
difference. When dispersion conditions are considered, the

Fig. 6. Axial profiles of driving force for hydrogen separation for
two sweep ratios r for (a) simplified model (inlet specific feed rate =
1.0 kg m−2 s−1) and (b) dispersion model (inlet specific feed rate =
1.0 kg m−2 s−1).

Fig. 7. Axial profiles of hydrogen partial pressure on both sides of the
membrane reactor for dispersion model (sweep ratio r = 0.92, inlet
specific feed rate = 1.0 kg m−2 s−1.
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Fig. 8. Radial profiles of hydrogen partial pressure on both sides of the membrane reactor for dispersion model (sweep ratio r = 0.92, inlet specific feed
rate = 1.0 kg m−2 s−1). FS: feed side; SS: separation side.

Fig. 9. Axial profiles of temperatures on the separation side for
various sweep ratios r for (a) simplified model (inlet specific feed
rate = 1.0 kg m−2 s−1) and (b) dispersion model (inlet specific feed
rate = 1.0 kg m−2 s−1).

driving force for hydrogen separation is low close to the
reactor inlet and decreases along the reactor axis (Fig. 6b).
The different predictions are attributed to the fact that in
the simplified model total radial mixing is assumed without
limitations to hydrogen transport along the radius, while
for the dispersion model the radially restricted movement
of hydrogen accounts for the decreased values of hydrogen
partial pressure.

In Fig. 7, axial profiles of hydrogen partial pressure on
both sides of the reactor are presented, as they were pre-
dicted by the dispersion model. In this case, two axial pro-
files on the feed side are considered, one profile close to the
membrane wall and one close to the wall of the outer tube.
These profiles show that under dispersion conditions, hy-
drogen separation through the membrane influences mainly
the area close to the membrane wall (ΦR = 0.245), while
in remote from the wall areas hydrogen partial pressure de-
creases slowly due to the small radial mass fluxes. In con-
trast, when plug flow conditions are assumed, separation is
affected by a uniform radial distribution, since total radial
mixing is assumed (Figs. 4a and 5a).

To get a better insight into the impact of the radial mass
transport on the separation process, radial profiles of hydro-
gen partial pressure predicted by the dispersion model are
presented in Fig. 8 for a typical case. In the area close to
the reactor inlet, hydrogen is separated quickly through the
membrane material because of the high driving force in that
area (Figs. 6a and b). Although on the separation side disper-
sion effects do not greatly affect the variation of the hydro-
gen partial pressure along the radius, on the feed side they
contribute to the formation of even steep radial profiles. It
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Fig. 10. Axial profiles of temperatures on the feed side for various sweep
ratios r for (a) simplified model (inlet specific feed rate = 1.0 kg m−2 s−1)

and (b) dispersion model (inlet specific feed rate = 1.0 kg m−2 s−1).

is thus obvious that the hydrogen partial pressure increases
along the radius and it reaches a maximum in the area close
to the outer cylinder wall.

The gradient of the hydrogen partial pressure radial pro-
file is high close to the reactor inlet because of the increased
hydrogen production rates, the hydrogen separation through
the membrane and the reduced hydrogen radial fluxes calcu-
lated by the dispersion model. This gradient decreases along
the axis, as hydrogen production rate decreases and hydro-
gen is transported from the high concentration area, close
to the outer wall, to the low concentration area, close to the
membrane wall.

In parts a and b of Figs. 9 and 10, axial temperature pro-
files on both sides of the reactor are presented for various
sweep ratios r. As it has already been mentioned, heat, pro-
duced by the exothermic reaction, is transferred from the
feed side to the separation side. The simplified model pre-
dicts an increase of temperature on the separation side along
the reactor axis (Fig. 9a) while close to the exit the temper-
ature is very close to the feed side temperature (Fig. 10a).

The dispersion model predicts lower temperature values on
both sides of the membrane reactor (Figs. 9b and 10b).

5. Conclusions

The present work proposes a mathematical model for the
simulation of the performance of an industrial-scale adia-
batic membrane reactor. The flow on both sides of the reactor
is described by the dispersion model. A simplified model as-
suming plug flow conditions on both sides of the membrane
reactor has been used for the demonstration of the impact of
the dispersion effects on the performance of the membrane
reactor. Typical results from the application of this mathe-
matical model to the simulation of a membrane reactor, in-
troduced in an integrated gasification combine cycle plant
to control carbon dioxide emissions, have been presented.

Dispersion effects result in formation of hydrogen radial
profiles and in reduced hydrogen transport rates through the
membrane. Radial profiles are very steep close to the mem-
brane reactor inlet. The membrane reactor conversion and
the hydrogen recovery predicted by the dispersion model are
always much lower than the respective values calculated by
the simplified model. It is concluded that, as the dispersion
effects may influence the performance of the industrial-scale
membrane reactors significantly, especially when highly
selective membranes are used, they must be considered as
a basic parameter in the design of such reactors.
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